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A procedure is developed to identify a multiphase reactor for carrying out a given
reaction at the early stage of process development. There are three elements to this
screening approach: a generic reactor model, an accompanying sensitivity model, and a
knowledge base consisting of heuristics, plus correlations on hydrodynamics, heat, and
mass transport. In synthesizing a generic reactor model, the conventional multiphase
reactors are decomposed into common attributes and constituent parts, and reaggre-
gated for the reaction under consideration. Thus, in addition to choosing one among
conventional reactor types, the procedure provides insights for the creation of novel
reactors. The sensitivity model quantifies the relative impact of the model parameters on
the reactor performance. The knowledge base provides heuristics, estimates, and reality
checks in the decision-making process. While this article focuses on isothermal systems
with a single reaction, the framework is applicable for general multiphase reactions.

Introduction

Gas-liquid and liquid-liquid reactions with or without
the presence of a solid catalyst provide the basis for a large
number of chemical, petrochemical, and biochemical opera-
tions. Examples include oxidation, hydrogenation, hydro-
formylation, amination, and carbonylation. A wide variety of
multiphase reactors are used for such multiphase reactions,
including agitated reactors, bubble columns, trickle-bed reac-
tors, spray columns, and jet loop reactors. There is consider-
able information in the literature about the analysis and
design of multiphase reactors, including several notable texts
and monographs (Shah, 1979, 1991; Ramachandran and
Chaudhari, 1983; Doraiswamy and Sharma, 1984; Gianetto
and Silveston, 1986; Mills et al., 1992).

When the chemist proposes a multiphase reaction for pos-
sible commercialization, a reactor type needs to be chosen
for further process development. Reactor selection is nor-
mally based on the use of heuristics and expert insights. For
example, Mills et al. (1992) provide a comprehensive descrip-
tion of the characteristics, advantages, and disadvantages of
various muitiphase reactor types. Then, the design of the
chosen reactor proceeds with detailed reactor modeling, tak-
ing into account the hydrodynamics, heat, and mass transfer
as well as the reaction kinetics. This is accompanied by scale-
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up efforts to confirm reactor performance and to provide ba-
sic data for the commercial reactor. Early commitment to a
specific reactor type is deemed necessary because of the sub-
stantial development costs.

As a better understanding of the reaction system evolves
with time, however, it is not unusual to find out that the com-
mercial reactor on the ground was not the best selection and
is inflicting considerable economic penalty on a continuous
basis. For an interesting account of the evolution of the nitric
acid reactor in an adipic acid plant, see Hearfield (1980).
Thus, the availability of tools and/or systematic procedures
for more efficient screening of multiphase reactors is highly
desirable (Lerou and Ng, 1996). An effort in this direction is
due to Krishna and Sie (1994), who proposed a strategy for
multiphase reactor selection. It consists of three levels: cata-
lyst design, injection and dispersion strategy, and choice of
hydrodynamic flow regime. In contrast, a more conventional
approach was adopted by Schembecker et al. (1995); models
for various reactor types are encoded in a computer program
as an aid for reactor selection and design. More recently,
Mehta and Kokossis (1997) proposed modeling a multiphase
reactor as a network of idealized reactors. For a given reac-
tion scheme and kinetics, optimization using simulated an-
nealing leads to a reactor type that is optimal with respect to
a specified objective function.
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As an alternative approach to these previous studies, the
objective of this article is to develop a semiquantitative
procedure/framework for synthesizing a multiphase reactor,
focusing on the early stage of reactor development. The
proposed reaction is still being investigated by the chemist
with various laboratory reactors, including microreactors and
bench-scale reactors that can be completely different from
the eventual commercial reactor. Special emphasis is placed
on situations where there is a great deal of uncertainty re-
garding reaction kinetics, and little is known about potential
limitations in heat and mass transfer.

One element of our framework is a generic multiphase re-
actor model. Its formulation is based on the realization that
despite the considerable differences in phase distribution,
multiphase reactors can be compared on the basis of com-
mon attributes such as phase volumes, phase velocities, and
various transport parameters. Multiphase reactors also share
reactor parts such as a liquid mixer, baffles, and a gas sparger.
These constituent parts are abstracted into the generic multi-
phase reactor model. In other words, conventional multi-
phase reactors are decomposed into common attributes and
constituent parts, and reaggregated for the specific reaction
under consideration. Not only can the model represent the
conventional reactor types, but it is also expected to provide
insights for the use of unconventional reactors. The second
element is a companion sensitivity model to the reactor
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Figure 1a. Selected muitiphase reactors for gas-liquid,
gas-liquid—catalytic solid and liquid-liquid
reactions.
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Figure 1b. Selected muitiphase reactors with physical
compartmentalization.
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Figure 1c. Selected multiphase reactors having internal
or external recirculation of phases.

model. By screening the sensitivity of reactor performance to
each of the reactor characteristics as well as to the still-
uncertain kinetic and thermodynamic parameters, the domi-
nant factor dictating the reactor performance, such as the
reaction rate, interfacial area, or mass-transfer rate, is identi-
fied. The third element is a knowledge base that includes
heuristics, flow-regime characteristics, correlations for heat
and mass transfer, and others; it is used in this procedure to
guide the decision-making process. While the framework is
valid for general multiphase reactions, because of the enor-

AIChE Journal



mous number of details involved, the present article focuses
primarily on isothermal, nonfoaming systems with a single re-
action.

Generic View of Multiphase Reactors

Our generic multiphase reactor model is predicated on an
identification of four classes of common features among the
seemingly different multiphase reactors. Due to the interrela-
tionships among the various features in a multiphase reactor,
however, a minor overlap in the classification is inevitable.
To facilitate the discussion, some typical multiphase reactors
for gas-liquid, gas-liquid—catalytic solid, and liquid—liquid
applications are depicted in Figure la. Reactor types with
compartments and phase recirculations are shown in Figures
1b and Ic, respectively. Within each subset (Figures 1a, 1b,
and 1c) the reactors are ordered with a roughly decreasing
amount of solid in the reactor.

Phase-distribution attributes

Clearly, a major reason for having all these different reac-
tor types is the variety of ways in which gas, liquid, and solid
are distributed in the reactor. For example, Figure 1a shows
some multiphase reactors having a wide range of phase distri-
butions. Despite the diversity, the following common at-
tributes can be used to define the state of each phase:

e [s the phase fixed, recirculating within, or passing through
the reactor?

e Which phase is continuous and which is dispersed?

e What is the physical form of each phase? Is it films, bub-
bles, drops, or simply a continuum?

More quantitative descriptions include:

What is the flow rate of each phase?

What is the volume fraction of each phase?

What is the interfacial area between the phases?

What is the size distribution of the bubbles and drops?

e What is the state of mixedness of each phase: plug, dis-
persed, or well mixed?

As part of our knowledge base on phase distribution, Fig-
ure 2 shows the generic volume fraction map for each phase.
Each phase is classified as being dispersed, fluidized, packed,
or continuous as the corresponding volume fraction increases.
The range of the dispersed solid volume fraction, €g, corre-
sponds to a slurry reactor, either a bubble column or an agi-
tated tank, while the packed solid fraction range corresponds
to that of a trickle-bed reactor. The catalyst particle size in
each volume fraction range is different, and typical values are
given in the following table:

Dispersed Dispersed
(Sparged) (Stirred) Fluidized Packed
d, 10-100 gum 10-200 pum 0.01-0.1cm 0.3-0.5cm

The size is relatively small in the dispersed state because of
the need for suspending the particles. In the packed state,
the smallest particle size is determined by the presence of
excessive pressure drop. Note that the shadings used for €
and ¢, correspond to the state of the solid phase. For the
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Figure 2. Generic phase volume fraction map for gas,
liquid, and solid phases.

liquid phase in a dispersed state, such as in a spray-column
reactor, the liquid volume fraction, e€;, ranges from 0.02 to
0.2, whereas in a continuous state as in a bubble column ¢,
ranges from about 0.6 to 0.9. It is clear from this map that for
situations where an equal volume fraction of gas, liquid, and
solid is preferred, the fluidized state is the obvious choice.
The volume fraction also depends on the flow regime. Figure
3 shows the holdup-flow regime maps for the dispersed (slurry
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Figure 3. Holdup flow regime for conventional reactors.
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bubble cotumn), fluidized (three-phase fluid bed), and packed
(trickle-bed) state of the solid phase. Thus, it is possible to
identify both the reactor type as well as the flow regime for a
set of desired phase-volume fractions. In turn, the depend-
ency of the flow regime on the gas and liquid flow rates can
be obtained from the conventional flow-regime maps. For ex-
ample, see Ramachandran and Chaudhari (1983) for such
maps for bubble columns; Fan (1989) and Bi and Grace (1995)
for that of fluidized beds; Ng (1986) and Ng and Chu (1994)
for that of a trickle-bed reactor. Some heuristics for selecting
solid phase volume fraction are presented below for the dis-
persed, fluidized, or packed states:

Dispersed

e Systems with a higher reaction rate relative to intraparti-
cle diffusion rate.

o Systems with reaction kinetics favoring completely mixed
flow patterns.

e Highly exothermic reactions.

e Systems requiring a continuous addition or removal of
catalyst.

e Systems that require isothermal operation.

e Treating a feed with a small amount of extraneous inert
solids.

e Treating a feed with solid reactants.

e Operations requiring a flexibility between batch/semi-
batch /continuous modes.

Fluidized

e Systems comprising approximately equal amounts of gas,
liquid, and solids.

e Systems requiring a continuous addition or removal of
catalyst, for example, rapidly deactivating catalysts.

o Systems with reaction kinetics favoring completely mixed
flow patterns.

o Systems that require isothermal operation.

Packed

e Systems with a low reaction rate relative to the intra-
particle diffusion rate, that is, when a high catalyst loading is
required to get a high specific reaction rate.

e Systems with reaction kinetics favoring plug-flow pat-
terns,

e Systems with homogeneous side reactions in the liquid
phase.

o Catalysts that do not deactivate rapidly.

e Systems where catalyst loss has to be minimized.

Other phase-distribution attributes include the gas-liquid,
liquid-liquid, and liquid—solid interfacial areas, which influ-
ence the rates of interphase mass transfer and interfacial re-
actions. However, because of the close association between
interfacial area and the corresponding mass-transfer coeffi-
cients, they will be treated together in a later section.

Reactor topological /geometrical characteristics

In addition to phase distribution, the designer can also ma-
nipulate various reactor geometrical characteristics, which in-
clude:

e What is the relative motion of the phases: cocurrent,
countercurrent, or crossflow?

e What is the overall shape of the reactor, such as its as-
pect ratio?
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e Is the reactor compartmentalized by various physical
partitions? Figure 1b shows multiphase reactors with some
form of physical compartmentalization.

e What is the extent of partitioning? The horizontal parti-
tions in a tower reactor (Figure 1b(ii)) can be sufficiently large
that the intermixing between the chambers can be signifi-
cantly reduced. In contrast, the relatively small vertical baf-
fles in an agitated slurry reactor promote mixing of the phases.

e [s there a recirculation of the phases, either internally
(e.g., draft tube) or externally (e.g., external loop), of the re-
actor? Note that phase recirculation can be induced by im-
pellers or a jet mixer alone without the presence of parti-
tions. A few reactors that involve internal or external recircu-
lation of phases are depicted in Figure 1c.

e What are the number of feed and removal ports? Where
are they located?

Figure 4 shows how these characteristics are abstracted into
various geometrical representations. Figure 4a shows a coun-
tercurrent solid-catalytic reactor with singie feed and re-
moval ports. Note that it can represent either a dispersed,
fluidized, or packed reactor, depending on the solid phase
volume. Figure 4b shows a representation of a reactor where
a phase is recirculated, either internally or externally. Figure
4¢c shows vertical compartmentalization, whereas Figure 4d
shows a bank of parallel units. Figure 4e is a reactor of a low
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Figure 4. Reactor geometrical and topological charac-
teristics.
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aspect ratio. Some of the heuristics for selecting various reac-
tor geometrical characteristics are presented below:

e Use impellers at high rpm to enhance the mass-transfer
rate by up to a factor of 5.

e Use propellers to enhance solids suspension.

e Use vigorous mixing with impellers to enhance the heat-
transfer coefficient by up to a factor of 10 at the wall of a
stirred tank.

e Use a downward pumping propeller to enhance gas ab-
sorption.

e Use gas-inducing impellers to recirculate the unreacted
gaseous reactant.

e Use multiple sets of impellers on a single shaft to en-
hance the uniformity of mixing in a large-scale reactor.

e Use a tilted or off-centered impeller shaft to improve
mixing in the absence of vertical baffles.

e Use a venturi ejector for fast, mass-transfer limited reac-
tions.

e Use multiple nozzles to enhance gas absorption.

e Use horizontal baffles along a vertical reactor to reduce
backmixing.

e Use vertical baffles to enhance mixing by reducing
solid-body rotation.

e Use draft tubes to induce internal recirculation of the
liquid.

e Use internal heating or cooling coils for reactor heat
management.

Reactor constituent parts

Many attributes of phase distribution are determined by
distinct parts of the reactor. Gas-liquid interface generating
device: Some of the devices can be found in Figure 1: an
impeller for a stirred reactor (Figure 1a(iv)), a gas sparger in
a bubble column (Figure la(v)), a liquid spray (Figure la(vi)),
a venturi ejector (Figure 1c(ii)), and a gas-inducing impeller
(Figure 1cGv)). Gas recirculation device: Gas-inducing im-
pellers (Figure 1c(iii)) and downflow impellers can be used
for internal recirculation. The latter device has been success-
fully used for improving the performance of oxidation reac-
tors (Kingsley and Roby, 1996). External recirculation can be
accomplished by using a compressor and an external loop.

Liquid mixing and recirculation device: This is powered by
the different impellers and propellers, a liquid jet (which is in
turn powered by a pump), or gas flow as in the gas-lift reac-
tor or the bubble column. These devices, as their gas coun-
terparts, are used in combination with the partitions de-
scribed earlier to maximize their effectiveness. Solid-phase
structure: The solid phase could be catalytic in nature or sim-
ply an inert packing for generating a gas—liquid interface. It
can be in the form of small spherical particles or cylindrical
extrudates, or structured packings such as trilobes and wagon
wheels. More recently, structured monolith reactors with thin
liquid films have been proposed to provide reaction rates close
to their intrinsic values (Cybulski and Moulijn, 1994).

Heuristics for choosing various reactor constituent parts
are:

e Use countercurrent contacting for a mass-transfer-con-
trolled reaction where a high concentration driving force is
essential.
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® To avoid flooding, use cocurrent downflow for systems
with high gas and liquid throughputs.

e Use cocurrent upflow to save compressor cost; however,
use cocurrent downflow if gas dispersion has an adverse ef-
fect on conversion.

e Use interstage injection of cold reactants to prevent hot
spots with highly exothermic reactions.

e Use plug flow for reactions with a high reaction order.

e Use mixed flow for reactions with a low reaction order
and reactions requiring isothermal operations.

e Use internal recirculation loop when macroscopic liquid
recirculation at low energy input is desirable and when high
shear rates during liquid mixing are undesirable, for example,
in the case of biological systems.

e Use an external loop for highly exothermic reactions that
require external heat removal.

e Use an external loop to enhance gas absorption.

e Use liquid redistributors to compartmentalize a trickle-
bed reactor to reduce channeling effect in trickle-bed reac-
tors.

e Use compartments along the reactor to reduce backmix-
ing.

e Use compartments to allow interstage injection of a re-
actant to improve selectivity.

e Use multiple-tube reactors to enhance heat removal and
to minimize radial temperature gradients.

Transport and thermodynamic parameters

Regardless of the differences in phase distribution, multi-
phase reactors may share various transport parameters, such
as gas-liquid, liquid-liquid, and liquid—solid mass-transfer
coefficients, and thermodynamic parameters, such as solubil-
ity and Henry’s law constant. Some reactor parameters and
phase distribution attributes, such as the gas-liquid interfa-
cial area in different multiphase reactors, are not a property
of the reactors themselves, but primarily of the constituent
part generating the parameter value. Applying this approach
to recast the existing information so as to reflect the role of
different constituent parts yields the Generic Transport Pa-
rameters Maps (Figure 5). Figure 5a shows the range of
gas—liquid interfacial area and the corresponding mass-trans-
fer coefficient for various gas-liquid interface generating de-
vices. For example, the gas—liquid interfacial area can range
from about 100 m ™! to 400 m ™! for a liquid film in a packed
bed, whereas it can be as high as 1,800 m~! using a gas
sparger, and even higher with a jet mixer. Figure 5b shows
the range of solid surface area as well as the corresponding
range for the liquid—solid mass-transfer coefficient for vari-
ous states of the solid phase.

Generic Multiphase Reactor Model

In this synthesis procedure, the purpose of the reactor
model is not to simulate the reactors in detail. Rather, it
serves as a tool for differentiating between different reactor
types based on the values of reactor parameters, phase distri-
bution, macroscopic mixing patterns in all three phases, and
the geometry of the reactor. This objective can be met with a
model made up of a network of reactors such as perfectly
mixed stirred tanks, plug flow tubes, and plug flow with dis-
persion vessels. Because of their computational convenience,
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Figure 5b. Liquid-solid interfacial area and mass-trans-
fer coefficients for various states of the solid
phase.

network models are very popular. For example, a network of
stirred tanks has been used to represent a single agitated tank
(Mann, 1986) as well as a trickle-bed reactor (Ramachandran
and Smith, 1979). Earlier network models have been re-
viewed in the monograph by Wen and Fan (1975). Rather
than using a network to represent a single reactor, the syn-
thesis of a network of multiple physically distinct reactors for
improving yield and selectivity has also been extensively in-
vestigated (Kokossis and Floudas, 1990, 1994; Hildebrandt
and Glasser, 1990; Hildebrandt and Biegler, 1994).

Figure 6 shows a few example networks for cases where
the solid phase is either absent or remains within the reactor.
Figures 6a, 6b, and 6¢c are the three basic units, to be re-
ferred to as cells of the network. Figure 6d shows a three-cell
network with interstage gas injection. Figure 6e represents a
reactor where both the gas and liquid are recirculated. By
adjusting the recirculation ratios, the mixedness of the gas
and liquid phases can be varied over a wide range, from rela-
tively plug flow to relatively well mixed. Figure 6f shows a
bank of parallel stirred tanks, and can represent a reactor
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Figure 6. Examples of network models.

with a low aspect ratio. An axial dispersion reactor with recy-
cle for the liquid is shown in Figure 6g (cf. Figure 4b). The
heuristics for selecting various reactor geometrical character-
istics listed earlier can be used for selecting networks for
screening calculations. The models should be made as simple
as possible initially. The use of elaborate networks, in terms
of the network size and the interconnections between the in-
dividual cells, should be considered if the complexity is com-
mensurate with the accuracy of other reactor parameters and
reaction Kinetics.

In this article, we focus on a general-order irreversible
gas-liquid, liquid-liquid, or gas-liquid—solid catalytic reac-
tion of the following form:

Z v,A;=0. (1)

The kinetics can be represented by power law, Langmuir-
Hinshelwood kinetics, or other rate expressions. Assuming
that some basic information is known about this reaction, our
task is to synthesize alternative reactor types that are appro-
priate for the reaction under consideration. Once the inter-
connection of the cells in the network has been made, the set
of equations for simulating such a network can be compiled
using standard equations for a stirred tank, plug flow, or a
plug flow with dispersion model, as well as the material bal-
ance equations at each mixing point in the network. Thus, a
steady-state reacting system can be described by the foliow-
ing general equation:

d’c de
E,E’c; Zjaap =05 (2)

with the appropriate boundary conditions. Here, ¢ is the vec-
tor of concentrations of all the species in all the phases, « is
the vector of phase distribution attributes such as ¢, €, €,
a, and ag, and B is the set of transport and thermodynamic
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parameters such as k, a, H, and D,. Note that depending on
the structure of the model chosen, the general equation can
be greatly simplified. For example, for a network represented
with only stirred tanks, the derivative terms are absent.
Equation 2 becomes

flc; a, B)=0. 3)

Sensitivity models

A sensitivity model accompanies each reactor model in or-
der to quantify the relative impact of various variables-—phase
distribution attributes, transport, and thermodynamic param-
eters—on the performance of the reactor yet to be synthe-
sized. A number of methods can be used for the sensitivity
analysis (Rabitz et al., 1983). The finite difference method is
conceptually the simplest. It calculates the sensitivity to a
small change in « via difference approximations; see Ra-
jagopal et al. (1988) for an example. Our sensitivity analysis is
based on the direct differential method, which involves the
solution of the sensitivity equations derived from Eq. 2. Dif-
fgrenuatmg Eq. 2 with respect to the phase parameter a;
gives

( af) d’s; ( af) ds;
RN — + _ —
ac" Japdz® N\ )4 pdz

0, 17
+(—f) s;+ i =0. 4
d¢ ) a,p da; wi e B

J

The vector of sensitivity coefficients s; is defined as

de
s, =— (5)

/ daj'

Thus, each variable in the model has a sensitivity coefficient
with respect to every parameter of interest. Note that the
parameters e« and B are mathematically equivalent; they only
refer to different types of reactor parameters, as defined ear-
lier. Although the transport parameters § may depend on
the phase distribution parameters @ for screening purposes,
they can be treated as mathematically independent in the
sensitivity analysis. Again, for the limiting case of stirred tanks
only, we have

(i{) s/-+a—f=0. 6)
a.B

dc

Performance index

The sensitivity of the concentrations to the reactor param-
eters is not the most useful piece of information that can be
obtained. Frequently, we are concerned with the sensitivity of
some kind of performance index such as the conversion, se-
lectivity, or the total cost to the reactor parameters. If the
performance index can be written as a function of the reactor
concentrations, the parameters o and B, and some other
variables ¢,
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P=P(c;a, B, q), (7)

then the sensitivity of the performance index, ¢l(aj), can be
obtained as

aP P aP P\ [ dq
w(aj)=—=( )sj+ +( )(—) (8

da; de da; oq da;

Here, ¢ includes all the external variables required to relate
the performance index to the concentrations, &« and $. For
example, if the performance index is taken to be the reactor
cost, ¢ would include parameters that reflect the costs of the
materials of construction and auxiliary equipment for the re-
actor.

Normalized sensitivity coefficients

In general, the parameters «, and B; have different orders
of magnitude; for example, the diffusion coefficient, D,, is of
the order of 10~ cm?/s, while the holdups, €, €., €, are of
the order unity. To compare them on an equal basis, the sen-
sitivity coefficients ( ;) have to be normalized as follows:

- aP
J)=— = VA paxs 9
lp(aj) (9( aj/Aaj_max) (l/(a}) a},max ( )
where Aa; ,,, is the maximum expected range of «;. The

larger a normalized sensitivity coefficient, the more impact
the corresponding parameter «; exerts on the performance
index.

Model illustration

Let us consider a network of N stirred tanks in series with
recycles for a gas-liquid—solid catalyst reaction (Figure 6e).
This model can represent the macroscopic mixing patterns
for reactors ranging from a stirred tank on one extreme to a
trickle bed on the other. It allows a recycle of gas as well as
liquid, and hence the backmixing in the two phases can be
varied independently. The rate of reaction per unit volume of
reactor is given by

Rate =nwd(C;) (10)

where the ®(C;) can be any given function of the concentra-
tions, such as a power law, or Langmuir-Hinshelwood type
of expression. There are m, reactants present in the gas feed,
and m, nonvolatile reactants in the liquid feed. Gas-phase
material balances for species i in the jth cell are as follows:

G.(J
QG[Gi(j_l)_ Gi(j)] - Vkl.a[# =L, (j)i=0

H

i=1,...,mg (11)

Here, G{j) and L,(j) are the concentrations of species i in
the gas and liquid phases, respectively. Liquid-phase material
balances are
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G;(j) . . .
Vk,a 172 LD+ QL. -1 - L(P]

4

—Vksa L ()= S(N1=0 i=1,...,m, (12a)

and

QL= = L(NI—Vksas L,(j)= S(jH]=0

i=mg+1,...,mg+m,. (12b)

Here, 5,(j) is the concentration of species i at the catalyst
surface. Solid-phase material balances are

Vkgag[L,(j)—S,(D]=Vnwd[S(j)]=0

i=1,...,mg+m,. (13)

Since a portion of the gas and liquid phase may be recycled
to the first cell, the concentrations at the inlet to the first cell
[G,(0) and L/0)] are unknown. Two additional material bal-
ances are required at the inlet to the first cell, one for the gas
phase and another for the liquid phase:

G,-<0)( :Grc) = FoGf +G,-(N)FG( frc) (14)
Li(O)( - ) - R+ LR ] 09)

where F, and F, are the fresh feed volumetric flow rates of
the gas and liquid phases, respectively. The recycle ratios rg;
and r, are defined as

~F, ~F
=M and =g’;_ (16)

e Q 143 Q
G L

Following Bischoff (1965), the effectiveness factor 7, is ap-
proximated as

_1 1 1 17
n”—g(tanhSQS_g)’ a7

where ¢ is the generalized Thiele modulus given by

Vo ®LSIDIT s v
el PR TS] D

where species [ is assumed to be the limiting reactant on the
catalyst surface. For a spherical catalyst, and a reaction first
order in species / and independent of all others, the preced-
ing expression simplifies to

d, [kP
é= ?" —D—" . (19)
{
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Equations 11-15 form a set of Gmg +2m IN+Qmg+m,)
nonlinear algebraic equations in the same number of un-
knowns. The unknowns are the concentrations of all mg + m;
species in the gas, liquid, and catalyst phases, in each of the
N cells, as well as the concentrations in the gas and liquid
phase at the inlet to the first cell. Note that the liquid reac-
tants are considered to be nonvolatile, so they are not
present in the gas phase.

Sensitivity model

The parameters that we might like to consider are &, a,
ksag, k, d,, w, D,, and the effectiveness factor 7. The sensi-
tivity equations are obtained by differentiating the model
equations (Egs. 11 through 15) with respect to the parameter
of interest. For example, with k; @ as parameter, the sensitiv-
ity equations are as follows:

Gas Phase
0ul 58~ 1) 5] ~Vh,a| - (f) —sf(j)}
—V[%—({Q —L,.(j)] =0. (20)
Liquid Phase
Vk{c D st v | B2 -0

+ 0, [sFG—-1) =sE(D] ~Vhsas[sF(D-s5(H] =0 (21)
O [sF(=D) =sF ()] —Vksag[sF()=sf ()] =0. (22)

Catalyst Surface

VkgaglsF (i) — s3]~ Vywd' [S()H]=0. (23)

The sensitivity coefficients are defined as (for j=1, ..., N)
dG(j)

=58 i=1,...,m
a(kL ) i \J G
aL(j)

A i=mg+1, ..., +m
k0 si(j)  i=mg meg+mg
a8:(j)

LA =1, ...,ms+m,.
8(kLa) t( ) i me my

For first-order kinetics, as will be encountered in two of the
following examples the model and sensitivity equations are
linear algebraic equations that can be solved readily by stan-
dard techniques.

Screening Method

This procedure recognizes the fact that information re-
garding the chemistry and kinetics of the reaction may be
incomplete and unreliable at the early stage of process devel-
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opment but is expected to evolve with time. Let us considet
the following scenario. A gas-liquid, liquid~liquid, or
gas—liquid-solid catalyst reaction is being tested by the
chemist in a laboratory reactor. The reaction (Eq. 1), the
phases involved at the chosen operating temperature and
pressure, the reactant molar ratio, and the approximate reac-
tion time for the primary reactant are known. An approxi-
mate rate expression has been determined. The production
rate is specified. The heat of reaction and any other informa-
tion may or may not be available. The suggested screening
procedure, outlined in Figure 7, is described below. Obvi-
ously, adjustments are needed if the user’s situation is differ-
ent from this scenario.

1. Choose an appropriate performance index, such as con-
version or total cost (Eq. 7).

2. Set up the generic reactor model. Using all known in-
formation concerning the reaction, screen the various selec-
tion rules listed earlier to select a suitable network model
such as those shown in Figure 6. Screen the heuristics listed
earlier to select constituent parts for the generic reactor. Al-
ternatively, use a generic model that reflects the laboratory
or existing production reactor. Set up the reactor model (Eq.
2) for the generic reactor network created before.

3. Set up the sensitivity model. Identify a set of parame-
ters with respect to which the sensitivity analysis is to be car-
ried out. Set up the sensitivity model (Egs. 4 to 9).

4. Generate a base case. Screen the various selection rules
listed earlier to choose the state of the solid phase. Then,
assign base-case values for the phase holdups, with informa-
tion from the generic phase volume fraction map (Figure 2).
Assign base-case values for the mass-transfer coefficients and
interfacial areas with information given in Figure 5. From the

- h
Figuee 5 Figure 4 [ Figure 2
Transport Table 3 Network Model Table1 - [Phase Volum
Parameter Ca X Phase Fraction
Maps Parts Selection Table 2 Distribution Maps
Rules Reactor Selection Rules
Topology

Selection Rules /

Figure 6, Eq. 2
Generic
Laboratory Reactors Reactor Model .
and Other l @ | Thermodynamic
i Data Base
Experiments Eq 6.8
Sensitivity
Modet
& Conventional Reactors
Recommendations Figure 8
for Additional Holdup-flow
Experiments Regime Maps
Figure 3
Reactor Volume
¥ Fraction Maps
A Multiphase Reactor Syathesis and -« 1| Table 4
with Jusitified Evaluation of Correlations for
Atmibutes for Further Alternative Transport
Development Multiphase Reactors Parameters

_ )

Figure 7. Algorithm for the reactor screening/synthesis
procedure.
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production rate and the approximate reaction time, estimate
a base-case reactor volume. Also assign the base-case values
for all remaining parameters in the model, such as recycle
ratios, if any. Alternatively, if an existing laboratory or pro-
duction reactor is used in step 2, use the corresponding pa-
rameter values as the base case.

5. Screen the parameters. Determine the predicted reac-
tor performance as well as the sensitivity coefficients for this
generic reactor. For the largest sensitivity coefficient, adjust
the base-case value for the corresponding parameter to mini-
mize the limitation due to this parameter. This is continued
until the performance index is sufficiently high and the reac-
tor is as close to being reaction-controlled as possible. As the
parameter values are adjusted, two types of constraints should
be recognized. A hard constraint such as (eg + €5+ €, > D is
unacceptable and has to be avoided. A soft constraint is one
in which the parameter values do not conform to those of a
conventional multiphase reactor and is resolved by changing
two or more parameter values simultaneously. For example,
consider a base case that begins with a dispersed solid phase
and that the screening procedure has reached a point where
the reactor is as close to being reaction-controlled as possi-
ble. The sensitivities indicate that the performance index can
be improved by making the catalyst loading correspond to a
packed reactor. However, the current particle size on the or-
der of 100 um is too small for a packed reactor. This is a soft
constraint that can be resolved by simultaneously adjusting
the value of the particle size as well as the mass-transfer co-
efficients to reflect the normal range of values for a packed
reactor. Despite the fact that the preceding soft constraint
violates the heuristic that the pressure drop would be exces-
sive, this seemingly infeasible reactor may give us insights to-
ward the creation of a novel solid-phase structure within the
reactor, leading to an entirely new reactor (see previous dis-
cussion on monolith solid phase).

6. Identify reactor type and constituent parts. From the
phase holdup values at the end of the screening procedure,
identify the phase distribution in the reactor using the
phase-volume fraction map (Figure 2). From the values of
mass-transfer coefficients and interfacial areas, identify the
type of gas—liquid interface generating device (Figure 5a).
Identify a reactor type corresponding to the preceding pa-
rameter values. Note that this may lead to a reactor type not
listed in Figure 1, or even a reactor with mutually conflicting
parameter values (soft constraints). In such a case back up till
the last set of parameter values resulting in a feasible reactor
or a new reactor configuration (see step 3).

7. Determine the flow regime. Depending on the state of
the solid phase at this stage of the screening procedure, use
one of the holdup-flow regime maps (Figures 3a, 3b, or 3c).

8. Check feasibility. To ensure that the chosen reactor and
flow regime are consistent with the mass-transfer coeffi-
cients, proceed as follows: Depending on the type of the re-
actor, choose a typical length-to-diameter ratio. From the
known gas and liquid flow rates and the phase-volume frac-
tions, calculate the gas and liquid velocities within the reac-
tor. From the conventional-flow regime maps, Figures 8a, 8b,
or 8c, determine the flow regime for the phase velocities
found earlier (Ramachandran and Chaudhari, 1983; Fan,
1989; and Ng, 1986, respectively). Note that the maps pre-
sented in Figure 8 are intended for some specified condi-
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Figure 8. Reactors with (a) dispersed, (b) fluidized and
(c) packed solid phase.

tions. If this flow regime does not match with the one deter-
mined in step 7, while fixing g, adjust the length-to-
diameter ratio and, if necessary, ¢; and € until it does. The
mass-transfer coefficients are usually some function of the
gas and liquid velocities. Use the correlations in Table 1 to
estimate these values. If the mass-transfer coefficients are
comparable to those used in the screening procedure, the re-
actor is a feasible reactor. Care should be exercised because
correlations developed from studies on specific systems may
not be equally applicable to other systems. If the estimated
mass-transfer coefficients are too high or too low, while fix-
ing €, again adjust the length-to-diameter ratio and if neces-
sary, €, and e, until the holdups, the flow regime, and the
mass-transfer coefficients are all consistent.

The screening procedure is illustrated with the following
examples.
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Examples
Example 1: Aniline hydrogenation

Consider the hydrogenation of aniline at 10 atm and 130°C
over Ni catalyst, supported on clay. Ramachandran and
Chaudhari (1980) reported the reaction being carried out in a
packed bubble column. The screening procedure proceeds as
follows:

Step 1. For a single reaction with a single product, con-
version is an adequate performance index, and hence the
sensitivity of aniline conversion to the reactor parameters is
used in the screening procedure.

Step 2: Generic Model. The reaction has been shown to be
first order with respect to H,, and zero order with respect to
aniline. The first-order rate constant k is 51.49 cm®/g-s. The
Thiele modulus is based on H, as the limiting reactant at the
catalyst surface. A simple model such as a network of N
stirred tanks in series (Figure 6e) is adequate for the reaction
just mentioned. The modeling of the chosen network was il-
lustrated earlier (Eqgs. 10 to 19). In this example we only con-
sider a single reaction between the primary reactants.

Step 3: Sensitivity Model. The parameters of interest are
kya, kgag, k, dp, w, D,, and the effectiveness factor 5. The
sensitivity model for the parameter k; a was illustrated ear-
lier (Egs. 20 to 23). The sensitivity of the performance index
(aniline conversion) to the parameter k;a is readily derived
as follows, knowing the concentration sensitivity coefficients:

‘Ln(N)
vk, a)= - i‘fz—fw (24)

An

The sensitivity equations with respect to the other parame-
ters can be set up similarly. The set of the model and sensi-
tivity equations is solved simultaneously for every parameter.

Step 4: Generate Base Case. Since we already have a base
case reported by Ramachandran and Chaudhari (1980), start
the screening with parameter values close to those of the ex-
isting reactor. It is assumed that the required reaction time is
available. Since the base case is a packed bubble-column re-
actor, we start off with a solid holdup of 0.6, and gas and
liquid holdups of 0.2 each. The base-case reactor volume can
now be calculated using the flow rates, residence times, and
the phase holdups. The base-case parameters are summa-
rized in Table 2.

Step 5: Screen Parameters. The sensitivities are calculated
for each set of parameter values, and depending on the dom-
inant sensitivities, the parameter values are changed suitably.
This process continues until the conversion is no longer very
sensitive to any alterable parameter, or until the resulting re-
actor is infeasible. The possibility of creating a novel reactor,
with parameter values that were hitherto considered infeasi-
ble, is examined at each stage.

The results are shown in Table 3. The leftmost column
shows the iteration number. For each iteration, the numbers
above the dashed line indicate the parameter values and the
numbers below the dashed line indicate the absolute value of
the normalized sensitivity  of aniline conversion to these
parameters. In the first iteration, §(k, @) with a value of 3.76
is the largest; hence, &, a is increased from 0.02 to 0.1 as
signified by a downward pointing arrow in Table 3. This im-
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Table 1. Selected Correlations for Hydrodynamic Parameters for Multiphase Reactors*

Bubble column
Gas-liquid mass-transfer coefficient 0

0.5 A 62, 03
D gd:pr &d: pi.
=06— 3 €l
d: \p. Dy 9L ML

Gas-liquid interfacial area
0.1

) 0.5 3
a= 1 gdc P, % 61'13
3d. oy v &

Slurry bubble column
k, a in the presence of solids

(k,a), (1 es)
k,a \ 058

« in the presence ofosg)lids

(a)s ( My )
a /J'slurry

oy

Akita and Yoshida (1973)

Akita and Yoshida (1974)

Nguyen-Tien et al. (1985)

Schumpe et al. (1987)

Stirred slurry reactor
k, a for low solids gas-liquid systems

0.19 -0.6 0.09/ varerr
kya, d? Nd? \ d;N o d;N wareL
LELTL _0162| 1Bt [ L ] ! L i Yagi and Yoshida (1975)
ML Ml ug
ky a for slurry systems
kpa, =307x107 30005V el x g7 305034 sy 0TS pPS Oguz et al. (1987)
kg, (for N> N_) R
ky, d Prat\ a1
—L =2+055( — Shah (1991)
D, Vst D,

Three-phase fluidized bed
Gas—liquid mass-transfer coefficient

k a= 1597u%68142'(’%1]1]‘21

Gas—liquid interfacial area
a=208x10° ugPu)®d) s

Solid-liquid mass-transfer coefficient

0.59
PPN
43 ( oD )

Chang et al. (1986)

Chang et al. (1986)

Arters and Fan (1988)

Cocurrent packed beds (including trickle beds)
Gas~liquid mass-transfer coefficient

E D, \*
kpa,=a ax10-° E, >80 W/m® a;=00173, a,=05

. 5<E; <100W/m® @¢,=00011, a,=10 Reiss (1967) and
where Ap L 3/ 17 UL gy =L Charpentier (1976)
E = ( = L - )V\’/m3 E; <5.0 W/m a,=0008, a,=00

Gas-liquid interfacial area
(a,/a,) = a (7)™
where §y>12 Pa, a; =025, a,=05
AP €, y<12 Pa, a,=005 a,=12

Gianetto et al. (1973)
and
Charpentier (1976)

*Refer to original reference for definition of terms, and range of applicability.

proves the conversion to 0.274 in iteration 2, and now ¥(z,)
with a value of 7.63 is the greatest, indicating that internal
diffusion controls. But decreasing the catalyst particle size
any further leads to a soft constraint. This can be resolved by
changing to a dispersed solid state with a smaller particle

diameter (0.005 cm), and simultaneously decreasing the cata-
lyst loading (0.02 g/cm®) to the normal range of values ob-
served in the dispersed solid reactor. This changes k a; to
0.32 s~'. This multiple parameter change is 1nd1cated by a
double line between iteration 2 and 3. Again, the arrows show
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Table 2. Base-Case Parameters for Aniline Hydrogenation

Example

4 0.8m° Fu, 0.0l m’4
H, 16s 178 0.0005 m*/s
Tan 320 Cf,  0.0003 mol/m’
€ 0.6 cf, 00011 mol/em?
€ 0.2 d, 03 cm

€ 0.2 kpa 0.0257!

k 51.49 cm’/g-s k.a, 03s7!

the parameters whose values have been changed by the user
during the screening. In iteration 3, E(dp) is the highest at
42.9, but the catalyst particle size cannot be decreased much
more, without leading to a soft constraint. The effectiveness
factor in iteration 3 is much higher at 0.454 because of the
small catalyst size, but the high value of a,—l/(De), 2.85, indi-
cates that internal diffusion still dominates. However, D,
cannot be changed once the catalyst is fixed, although it
clearly shows the incentive of having a catalyst with a higher
porosity. ¥(k; @) and ¥(w) are the other dominant sensitivi-
ties. Increasing k;a to 0.4 s™' gives a conversion of 0.61 in
the fourth iteration. Since (w) is high, some improvement
can be obtained by increasing catalyst loading. Thus increas-
ing w t0 0.03 g/cm> improves the conversion to 0.78, as shown
in iteration 5. This is as far as we can go in changing the
parameter values.

Step 6: Identify Reactor Type. The preceding set of param-
eters indicates a dispersed solid phase reactor, with high
mass-transfer coefficients, and approximate gas and liquid
holdups of 0.3 and 0.6, respectively. This corresponds to a
stirred-tank reactor (Figure 1a(iv)) operated at a high rpm, or
a jet loop reactor (Figure 1c(iii)), which gives high mass-
transfer coefficients.

Step 7: Flow Regime. The gas and liquid holdups used at
the end of iteration 5 are 0.3 and 0.67, respectively (not shown
in Table 3). This, from the holdup-flow regime map for a
reactor with dispersed solid (Figure 3b), corresponds to a
churn-turbulent flow regime in the reactor. Note that the gas
and liquid holdups along with the length-to-diameter ratio
are used as adjustable variables to render the reactor design
feasible (see Step 8 of the screening procedure given earlier).
They can be adjusted within limits without changing the reac-
tor choice recommended by the screening procedure.

Step 8: Check Feasibility. A length-to-diameter ratio of 1
is chosen for the agitated slurry reactor. The superficial gas
velocity can be calculated using the gas flow rate. For the
agitated slurry reactor, there is a minimum operating rpm,
above which all the catalyst particles are suspended. From
the correlation by Zwietering (1958), this is calculated to be
about 120 rpm. The Reynolds number in the reactor is given
by the following formula

”
_ nDimp PL

223

Re

Choosing an impeller diameter as one-third of the reactor
diameter, Re is found to be 384, which confirms that the flow
regime is turbulent, as suggested by the holdup— flow regime
map (Figure 3). From the correlation of Oguz et al. (1987) for
slurry systems (Table 1), a gas-liquid mass-transfer coeffi-
cient of 0.4 s™' can be achieved for a power input of 1.5
kW/m?> (7.5 hp/1,000 gal) of slurry. Thus, all the parameters
chosen/recommended by the screening procedure are con-
sistent and the reactor is a feasible one.

A similar feasibility check could be done for a jet loop re-
actor. The final choice can be made after a more rigorous
design and economic evaluation of the two reactor types.

Example 2: Glucose hydrogenation to sorbitol

Consider the Raney-Ni catalyzed hydrogenation of glucose
to sorbitol, a versatile chemical intermediate. The screening
procedure is described below.

Step 1. Again, the conversion of glucose is chosen as the
performance index.

Step 2: Generic Model.  Joshi et al. (1988) reported in their
review the following Langmuir—Hinshelwood type of rate ex-
pression for the preceding reaction:

_ kLHzLGlu (25)
1+ KLy,

Again, the series of stirred tanks model (Figure 6e) is used
for this reaction. The generalized Thiele modulus is based
upon H, as the limiting reactant at the catalyst surface.

Table 3. Parameter Values and Sensitivity Coefficients of Conversion for Aniline Hydrogenation Example
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= X, Yk a) Ylhgag) k) ¥(d,) ¥(D,) ¥in) #(w) Reactor Type
ooz s s 03 85 0009 . 045 Packed bubble
" 0.086 3.76 0.017 0.013 0.26 0.99 0.767 0.189 column
) o0 ! 63 e 03 85 0009 045 Packed bubble
" 0274 1.53 0.168 0.14 0.71 2.85 7.63 0.6 column
0.10 0.32 51.49 0.005 8.35 0.454 0.02
3 o o m e S S - o Slurry
0.324 1.45 0.14 0.06 2.85 0.069 15.9
0.4 0.32 51.49 0.005 8.35 0.454 0.02
4, o e e Slurry
0.615 0.25 0.39 0.17 5.28 0.19 30.3
s o4 ¢ 048 ______s\4 0005 83 R 005 ___ Sturry
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Table 4. Base-Case Parameters for Glucose Hydrogenation
Example
4 16.0 m? Fy, 002m's
T, 400 s Fg, 0.0016 mss
T 49505 Cf;,  0.006 mol/em’
€ 0.011 cf,, 0.001 mol/cm?
& 0.494 d, 0.005cm
€ 0.495 kja 005s7!
cm® g shur
k 10 [— il kgay 0.12s7!
mol-s g catalyst
K 20,000 cm*/mol
(in Eq. 25)

Step 3. Sensitivity Model. Here, k; a, kgag, k, dp, w, D,
and the effectiveness factor, 7,, are chosen as the parameters
of interest.

Step 4: Generate Base Case. The data reported in Joshi et
al.’s review are for a bubble-column slurry reactor, and this is
chosen as the base case for the screening procedure (Table
4).

Step 5: Screen Parameters. The values of the reactor pa-
rameters, as well as the normalized sensitivities ¢ (absolute
values) of the conversion to these parameters are tabulated
in Table 5. For the base-case iteration, it is observed that
mass transfer is not limiting. (k) is high, indicating that the
reaction is already kinetically limited. Also, it is not possible
to increase the catalyst loading, or decrease catalyst size
without pushing the reactor out of the slurry (i.e., dispersed-
solid) mode of operation. Hence, in iteration 2 we shift to an
entirely different set of reactor parameters, corresponding to
a packed state for the solid phase. Simultaneously, the cata-
lyst size and loading are increased to 0.3 cm and 1 g/cm®,
respectively. The glucose conversion is comparable. #(1,) is
the highest at 4.42, implying an internal diffusion control
regime. The only way to improve performance now is to in-
crease the catalyst loading, while maintaining the catalyst ef-
fectiveness. This can be.achieved with the solid phase in a
fluidized state. Iteration 3 shows an improved conversion with
the catalyst in a fluidized state. Internal diffusion still con-
trols [(n,) is high], but the catalyst size cannot be reduced
much further, in a fluidized mode of operation. The conver-
sion can be further increased by increasing the catalyst load-
ing to about 25% (v/v), as shown in iteration 4.

Step 6: Identify Reactor Type. These reactor parameters
correspond to a three-phase fluidized bed, or an ebulliated
bed type of reactor. The design of the fluidized bed is exam-
ined in further detail below.

Step 7: Flow Regime. From the particle diameter and the
fluid properties, the terminal velocity of the particles is esti-
mated to be 12 cm/s. According to the classification of Fan
(1989), the fluidized bed is operating in the expanded mode.
From Figure 3b, the regime of operation for gas and liquid
holdups of about 0.375 each, is found to be a coalesced bub-
bly-flow regime. Of course, the continuous and dispersed
phases will be decided by the relative flow rates of each phase.

Step 8: Check Feasibility. A length-to-diameter ratio of 5
is chosen for the fluidized bed. The superficial gas and liquid
velocities are calculated to be u, =1 cm/s and u, = 0.08 cm/5s.
From the flow regime map for fluidized solids (Figure 8b), it
is seen that for particles with a terminal velocity of 12 cm/5s,
the operation would indeed be in the coalesced bubble-flow
regime, as found in step 7 of this example. For the preceding
gas and liquid velocities, the gas—liquid mass-transfer coeffi-
cient is estimated to be about 0.01 s~! (Joshi et al., 1988).
This is comparable to the one used in the screening proce-
dure, hence the fluidized bed is a feasible choice for a reac-
tor.

Example 3: Ethoxylation of 1-octanol

1-Octanol ethoxylate, a nonionic surfactant, can be manu-
factured in a stirred-tank reactor by sparging ethylene oxide
into the liquid 1-octanol in the presence of KOH as the cata-
lyst. One of the problems in this reactor system is that the
amount of dissolved ethylene oxide in the liquid phase can
rise to a level where the formation of undesired byproducts
becomes significant. Because of this and other problems,
there is a need to consider process alternatives for this
gas-liquid system.

Step 1. The conversion of 1-octanol is chosen as the per-
formance index.

Step 2: Generic Model. The exact mechanism of the reac-
tion is as yet unclear, but can be taken to be first order in
ethylene oxide concentration. The kinetic data are estimated
from the information provided by Di Serio et al. (1996). The
series of stirred-tanks models is again chosen to model the
preceding system.

Step 3: Sensitivity Model. The parameters of interest are

Table 5. Parameter Values and Sensitivity Coefficients of Conversion for Glucose Hydrogenation Example
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T 0.194 0.003 0.0 1.57 4.995 0.026 1.29 3.16 column
) 0005022 0 03 % _____06_ _____10 ___ _ Trickle
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5 ___ 0005 008 0o ¢ 008 ______ % ______ 06 05 Fluidized
" 024 0.17 0.001 1.88 1.28 0.109 7.92 0.39 bed
4 e 0005 022 00 G o8 % _ 015 10 Fluidized
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Table 6. Base-Case Parameters for 1-Octanol Ethoxylation

Example
4 02m’ Fio 0.02m’%s
TEo 45 Fou 0.003 m*4
Toet 405 Clo 0.02 mol/cm®
€ 0.4 Chet 0.02 mol/cm?
0.6 k,a 025!

=0

2 em’ss

the overall gas-liquid mass-transfer coefficient k,, the
gas—-liquid interfacial area a, and the rate constant k.

Step 4: Generate Base Case. The above reaction has been
traditionally carried out in a stirred tank reactor which serves
as the base case (Table 6).

Step 5: Screen Parameters. Table 7 shows the results of the
screening procedure. The base-case iteration clearly shows
that the process is controlled by the kinetics. There is no in-
centive to go for an intensified sparger/mixer such as a ven-
turi ejector to obtain a better k; and a. However, the second
iteration shows that the use of a sparged gas—liquid reactor,
without a stirrer, as a means to save on operating cost is not
advisable. The conversion is lower than that in the base-case
stirred reactor, and the mass transfer and kinetics are equally
controlling. Because of the byproduct problem associated with
a large amount of dissolved ethylene oxide, it is desirable to
keep the liquid holdup to a minimum. The alternative is a
spray reactor where l-octanol is sprayed into the ethylene
oxide gas. Iteration 3 shows that due to the poor specific in-
terfacial areas for sprays, the conversion is lesser than in the
previous alternatives. Also, the process is now controlled
mainly by the gas-liquid interfacial area, with (a) being the
greatest sensitivity coefficient at 1.28. It is known that the
interfacial area is inversely proportional to column height (an
a H™%) for spray contactors (Mehta and Sharma, 1970). This
leads to a change in the aspect ratio of the reactor. The
height-to-diameter ratio is decreased in half and multiple
spray nozzles, instead of a single one, are used. Iteration 4
shows that with five spray nozzles, the conversion has im-
proved considerably, and is in fact comparable to that ob-
tained in a stirred tank.

Step 6: Identify Reactor Type. Such a reactor would be like
a longitudinal tank, with several spray nozzles along its top

Table 7. Parameter Values and Sensitivity Coefficients of
Conversion for Ethoxylation of 1-Octanol Example

S kia k a k
£ L L -1 3 Corresponding
g _(S; _)jc_rrl/ E),__. — Ec,m - )_: - ffnl {s} — —— Conventional
Z Xou k) y(a) (k) Reactor Type
02005 ¢ 80 20 Stirred
0552 {092 115 251 tank
_____ 01 00125 80 20 Bubble
0.306 | 3 0.71 145  column
___ ,0;0,2,0;0,2 ,,,,,,,,,,, 1 '0, o Z,O o Spray
0.065 016 | 128 032 column
—_— ,0;111,0;0,2~ I M_7~0 ,,,,,, %Q _ __ _ Spray column
0.42 0.93 1.07 1.93  (multiple
nozzles)
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and with a continuous ethylene oxide gas feed from the bot-
tom. It is recommended as a candidate for detailed design
and economic analysis. Note that such a reactor does not fig-
ure among the conventional reactors shown in Figure 1, but
has been the commercial reactor of choice (Straneo et al.,
1984).

Steps 7 & 8. The reactor operates in the spray flow regime.
A separate feasibility study is not necessary for this reactor,
since the mass-transfer coefficients chosen are for a liquid
spray in gas.

Conclusions

The reactor plays a pivotal role in process development.
Note only can a good design lower the reactor cost and im-
prove productivity and safety, but also it can influence the
reactor effluent stream in such a way that the cost of the
downstream separations system can be reduced considerably.
As discussed in Lerou and Ng (1996), it is highly desirable to
begin reactor synthesis with the laboratory reactor. By using
the proposed multiscale approach in which the chemistry, hy-
drodynamics, transport, and process design are examined
concurrently at an early stage of process development, it is
more likely for us to come up with a superior process. This is
because the design is entirely flexible at this time. The down-
side is that there is a great deal of uncertainty and missing
information about the reaction system.

This article represents our effort to develop a procedure to
circumvent this difficulty. Clearly, it is impossible to tackle
the whole spectrum of reactions. We limit ourselves to
nonfoaming gas—liquid, gas-liquid-solid catalyst, and
liquid—-liquid reactors discussed in the present article. Other
reactor types such as risers and acrosol reactors are not con-
sidered. The known conventional multiphase reactors are de-
composed into the relevant attributes and constituent parts.
These are then reaggregated to form a generic multiphase
reactor model. Solution of the model yields predicted reactor
performance. More importantly, simultaneous solution of an
accompanying sensitivity model provides the possible impact
of the various reactor parameters—interfacial area, solubility,
kinetics, and others on reactor design despite uncertainty. We
do not attempt to come up with a detailed reactor design.
Rather, the aim of the procedure is the synthesis of potential
reactor types and the identification of parameters for which
additional experimental effort is warranted.

Multiphase reactors represent a wide spectrum of prob-
lems and issues. Each company or business sector has its own
insights and technological knowhow. Thus, the knowledge
base presented in this article is not meant to be complete.
Rather, the framework is designed in such a way that the
user can easily incorporate his or her own experience in the
decision-making process.

This screening approach can be extended in a number of
directions. The knowledge base can be broadened to include
more reactor types. Instead of a single reaction, multiple re-
actions should be studied so that potential improvements in
selectivity can be explored. Heat effect can be considered in
a more general generic reactor model. The reactor networks
such as those in Figure 6 can be screened more efficiently
with mathematical optimization techniques. Most of these ef-
forts are underway.

AIChE Journal



Acknowledgment

Financial support from the National Environmental Technology
Institute and the National Science Foundation (Grant No. 9807101)
is gratefully acknowledged. We appreciate the valuable comments by
our colleagues at DuPont, Mitsubishi Chemical, Rohm and Haas,
and UOP on this screening approach. Specifically, we thank Don
Koestler of Rohm and Haas Co. for suggesting the ethoxylation ex-
ample.

Notation

« = gas-liquid interfacial area per unit volume of re-
actor, cm?/cm?®
a, = solid surface area per unit volume of reactor,
em?em’®
A4, = concentration of ith species taking part in reac-
tion 1
¢'.¢” = first and second differentials of ¢ with respect to

¢, = concentration of species i in the phase specified,
mol/em®
d, = diameter of (spherical) catalyst particles, cm
D, = intraparticle diffusion coefficient, cm?/s
F, = flow rate of component i, cm’/s
G/, L{= concentration of species i in the fresh feed of
the gas and liquid phase, respectively
H, = solubility coefficient for species i,
(molfem?) ,  Amol/em?)yiquiq
4, ~= overall gas—liquid mass-transfer coefficient, cm/s
k¢ = solid-liquid mass-transfer coefficient, cm/s
n = impeller speed, rps
P = reactor performance index, for example, selectiv-
ity, conversion, total cost, and so forth
Q. O, =actual flow rate of the gas and liquid phase
through the cells ( = fresh feed + recycle), cm’/s
s, sEG), 3() == sensitivity with respect to a parameter a of the
concentration of the ith species in the jth cell in
the gas, liquid, and solid phases, respectively
S,. V== surface area (m?) and volume (m?) of a catalyst
pellet
V= volume of a single tank in the network, cm’
V, = total reactor volume, cm?
w = catalyst loading per unit volume of reactor, g/cm®
2= axial direction
€. €, , € = solid, liquid, and gas phase holdup in the reactor
& = kinetic-rate expression
0. = catalyst effectiveness factor
= viscosity, Pa-s
v;= stoichiometric coefficient for species i
p= density, g/cm’
7, = residence time of the ith component, s

Subscripts and superscripts

An = aniline
Eo = ethylene oxide
f= feed condition
Glu= glucose
H, = hydrogen
= limiting reactant
Oct = 1-octanol
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